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The optical fiber probe has been for the first time applied to investigate the hydrodynamics and gas-phase distribution
at high gasl/liquid ratios in a two-phase flow monolith bed with 0.048 m diameter and 400 cpsi. Local hydrodynamic
parameters including gas holdup, bubble frequency, bubble velocity, and bubble length in single channels were meas-
ured by 16 inserted single-point optical fiber probes within the bed under a nozzle as the liquid distributor. The follow-
ing findings are reported. (1) The optical fiber probe can be used as an efficient and convenient technique for
measuring local hydrodynamic parameters inside the channels of a monolith bed; (2) within the range of high gas/liquid
ratios under which experiments were conducted, churn flow regime occurred. In this regime, the monolith bed radial
distribution of gas holdup, bubble frequency, bubble velocity, and bubble length is nonuniform in nature. © 2013 Ameri-
can Institute of Chemical Engineers AIChE J, 60: 740-748, 2014
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Introduction

A monolith bed consists of a bundle of separated parallel
channels with channel sizes of 1-3 mm, where the channel
wall is coated with catalytic or active materials to form a
functional layer of 20—150 um. For multiphase applications,
gas and liquid flow through the channels upward or down-
ward cocurrently or countercurrently, and the reactants are
transformed in the presence of the functional layer. It has
been reported that monolith beds or multiphase monolith
reactors (MMRs) are promising for many catalytic gas-
liquid-solid reactions encountered in chemical, petrochemi-
cal, biochemical, and environmental processes.lf3 It is dem-
onstrated that MMRs offer advantages including low
pressure drop, high geometric surface area, good mass trans-
fer, and mechanical integrityf"(’ compared with the tradi-
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tional multiphase reactors such as trickle beds and slurry
bubble columns. However, potential nonuniform fluid distri-
bution and, thus, lower reactor effectiveness; difficulty and
higher cost in extruding and installation of large industrial
scale and heat-transfer limitation are the disadvantages of
monolith reactors. For these reactors, understanding the fluid
distribution and gas-liquid hydrodynamics in the channels is
an important issue because it is closely related to the mass-
transfer’ and reaction performanceslo of the processes.
Gas-liquid flows have been investigated in a single channel
or capillary scale mainly in the Taylor flow regime.”-'%'*
In general, the gas-liquid flow in a single capillary may be to
some extent analogous to the flow in a monolith bed scale as
a whole. However, it has been reported that in a monolith
bed, nonuniform distribution of gas and liquid at the entrance
of the bed is frequently encountered.'>*® The nonuniformity
of phase distribution across a monolith bed is largely
dependent on the type of liquid and gas distributor and
superficial velocities of gas and liquid.'®***> These previous
studies were mainly focused on the measurements of liquid
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distribution in monolith beds, but seldom measuring the
hydrodynamic parameters typical of the Taylor flow due to
the limitation of the measuring techniques. However, for the
industrial application of monolith reactors, we need to scale-
up gas-liquid flows from a single capillary to a monolith
bed. Therefore, the hydrodynamics needs to be further inves-
tigated within the monolith bed structure. Furthermore, some
of the key hydrodynamic parameters such as liquid- and gas-
phase velocities and holdups inside the channels of a mono-
lithic bed have not yet been known and quantified. These are
needed for integrating kinetics and hydrodynamics for reac-
tor scale performance modeling when the flow is not uni-
formly distributed and for validation of computational fluid
dynamics (CFD). Conversely, there was favoritism of the
Taylor flow in the literature due to the superior mass transfer
in this flow regime,7’9 which is essential for a variety of
mass-transfer limiting reaction processes. However, Taylor
flow occurs at high liquid linear velocity and low gas/liquid
ratio, which are not typical of most practical processes
such as selective hydrogenation, but rather a high gas/liquid
ratio is more favored to achieve high conversions and to
lower the rate of catalyst deactivation. Hence, there is need
to extend the investigation of the two-phase hydrodynamics
to regimes other than Taylor flow.

The available techniques for measuring the two-phase
hydrodynamics in an opaque monolith bed are lacking. The
noninvasive techniques including liquid bottom collection,'®
gamma-ray computed tomography,lilﬁm’28 capacitance
tomography,22 and so forth, were confined to measure the
phase hold-ups distribution. However, they are not suitable
for characterizing bubble dynamics in individual channels of
the bed, particularly bubbles and liquid slugs velocities. The
use of nuclear magnetic resonance imaging for “visualizing,”
the dynamics of the two-phase flow in individual monolith
channels?>*” and hence evaluating hydrodynamic parameters
like bubble velocity and length, is a very time consumption
in data processing and is limited to a small scale of beds.

Therefore, the major objective of the present work is to
experimentally investigate the hydrodynamics and the distri-
butions of local gas holdup, bubble frequency, bubble veloc-
ity, and bubble length in a gas-liquid monolith bed at high
gas/liquid ratios. To this end, an optical fiber microprobe,
which has been successfully utilized in bubble column and
slurry bubble column,**~3? has been implemented for the first
time to measure the above mentioned hydrodynamic parame-
ters at different radial and axial locations across the section
of a monolith bed. Furthermore, comparisons were made to
show the differences in hydrodynamics values between those
obtained within the central channel and the averaged values
over the bed as a whole to assess the extent of the uniform-
ity or the nonuniformity in the bed.

Experimental Methods
Monolith reactor flow system

The experimental setup, as shown in Figure 1, consists of
a monolith section, distributor, and liquid and gas delivery
systems. The monolith is made of cordierite, with a diameter
of 1.9 in (0.048 m), a length of 6.0 in (0.152 m), and cell
density of 400 cells per square inch (cpsi). The flow chan-
nels are of square cross section with a dimension of nomi-
nally 1 mm along each side. The monolith was fixed inside a
cold flow model Plexiglas column of 0.051 m in diameter by
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Figure 1. Monolith structure and experimental setup.

two Teflon gaskets, one at the top and the other at the bot-
tom of the monolith bed. The gaskets were held in position
by support rings at the top and bottom to seal the small gap
between the column wall and the monolith and to prevent
by-pass flow of gas or liquid near the column wall. In all
experiments, a nozzle distributor as used by Roy and Al-
Dahhan'>** was used to distribute the liquid. The cold
model set up was operated in the cocurrent down-flow and
continuous mode, using air as the gas phase and water as the
liquid phase which is introduced at the top through a nozzle
distributor (6 mm orifice diameter). Water and air together
entered the monolith bed at the top and upon exiting were
discharged to a drain. Water first introduced into the bed to
well wet the monolith walls, then measurements were made
after the two-phase flow reached steady state as reflected by
steady and stable signals of gas holdup. In each experiment,
three measurements were repeated and the reproducibility
was found to be within 10%.

The flow conditions were specified at low liquid velocity
(~0.075-0.1 m/s) and high gas/liquid ratio (~8-22), which
are typical of the conditions of interest for existing commer-
cial reactor applications26 such as hydrogenation reactions of
styrene, 1-octene and toluene.

Optical fiber probe and measurement procedure

For measuring bubble flow parameters in bubble column
and slurry bubble column, a four-point optical probe tech-
nique was successfully adopted and implemented by Xue
et al.’®3! and Wu et al.’? In this work, we transform this
four-point optical probe into a single-point microprobe such
that it could be used for the first time to measure hydrody-
namic parameters in individual channels of a monolith bed.
The optical fiber probe (Figure 2a) was made of the optical
fiber (Figure 2b) 600 um in diameter containing a glass core
(200 um), a cladding, and a protective layer. Because of the
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Figure 2. Optical fiber probe.

(a) a picture of the optical fiber probe and (b) schematic
of the optical fiber.

small monolith channels of width 1 mm, only the glass core
of 200 um is inserted inside a particular channel in a careful
machining. This is to ensure that the tip of the probe does
not obstacle the flow of gas and liquid and does not affect
the measurement.

A total of 16 optical fiber probes were inserted into
selected channels at four different axial positions and four
radial positions of the used monolithic bed. Due to the axial
symmetry configuration of both the liquid distributor and the
monolith bed, the liquid saturation distributions in the bed
should exhibit radial symmetry, as reported by Roy and Al-
Dahhan'® and Al-Dahhan et al.*® Consequently these probes
were arranged as shown in Figure 3. In the figure, every
point indicating a probe was named [Tip XY], in which X
means the selected channel number at different radial posi-
tions and Y represents the axial distance from the top of the
monolith bed. Here, X =1, 2, 3, and 4 correspond to the
radial positions in the monolith of /R =10, 0.25, 0.5, and
0.75, respectively; and Y =1, 2, 3, and 4 refer to different
axial distances from the top of the monolith bed of H =40,
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Figure 3. Configuration of optical fiber probes in the
monolith bed (unit: mm).

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

742 DOI 10.1002/aic

Published on behalf of the AIChE

1.0

—— Tipll —Tip12
s —Tip13 Tip 14
. N M e
0.6 r
=
o r— L -
2 o4 1 _| J I3 FU' |
°
=3
0.2 1
I U Il |
% R B/ Ve | i ¥ LI
-0.2 T T v T v T T
1.05 1.10 1.15 1.20 1.25
Time [s]

Figure 4. Responses of bubbles passing by the optical
fiber probes fixed on four different axial posi-
tions in the central channel (U.=0.1 m/s,
Ug = 0.626 m/s; Nozzle).

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

50, 102, and 112 mm, respectively. For example, Tip 12 is
the second tip (axially) in the central channel (channel #1),
as the tip is located at r/R =0 and H =50 mm.

All the probes were connected to an A/D unit and then a
computer was used to record the output signals from probe
at a sampling frequency of 40 kHz. In principle, when the
optical fiber tip is in the liquid phase, the light is transferred
into the liquid, establishing a baseline signal. When a bubble
hits the fiber, the light reflects, and the voltage rise is cap-
tured by the electronic unit, leading to a peak. Typical sig-
nals of optical fiber probes are shown in Figure 4. It is
evident that when gas bubble and liquid slug pass around the
microprobe tip, the existence of gas and liquid phases can be
clearly identified by the probe. However, the resolution of
the probe is limited. For the present 1 mm channels, the
probes mounted inside them will yield vague signals which
are difficult to interpret if bubbles have a smaller size than
that of the channels. Conversely, five distinct flow regimes
might be observed for gas-liquid flows through a capillary,"’
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Figure 5. Bubble velocity obtained by optical fiber

probes.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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Figure 6. Gas holdup of both center channel and over-
all monolith with varying gas and liquid
superficial velocities.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

that is, bubbly, slug bubbly, Taylor, churn turbulent and
annulus flows, depending on the gas and liquid velocities. In
this work, high gas/liquid ratios around 8-22 were used.
Over the range of these operating conditions, the detected
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[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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Figure 8. Bubble frequency of both center channel and
overall monolith with the change of gas and
liquid superficial velocities.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

flow regime in the selected channels was found to be churn
turbulent flow regime, in which very long gas bubbles and
relatively short liquid slugs dominate in the channel. This is
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Figure 10. Bubble velocity of both center channel and

overall monolith with varying gas and liquid
superficial velocities.

[Color figure can be viewed in the online issue, which
is available at wileyonlinelibrary.com.]

typically reflected in the resulting outputs shown in Figure 4,
where most parts of the time series are occupied by the
peaks or corresponding gas slugs with lengths of at least 5
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[Color figure can be viewed in the online issue, which
is available at wileyonlinelibrary.com.]

DOI 10.1002/aic

Published on behalf of the AIChE

n
5
L o
= 44 u .
= . o
e 3 o .
= Center channel
= 5 = °l m U=0.075mis
§ 2+ o + U=0.1mis
Qverall monolith
14 o U=0.075m/s
o U=0.1mils
0 T T T T T T
04 08 08 1.0 1.2 1.4 168 1.8
U, mis]
Figure 12. Bubble length of both center channel and

overall monolith with varying gas and liquid
superficial velocities.

[Color figure can be viewed in the online issue, which
is available at wileyonlinelibrary.com.]

times greater than the channel dimension. Here, the referred
churn flow is different from the Taylor flow in that there
exist regularly alternative gas and liquid slugs with compara-
ble lengths in the latter flow, whereas in the churn flow,
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[Color figure can be viewed in the online issue, which
is available at wileyonlinelibrary.com.]
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very long gas bubbles are separated by short liquid slugs
with similar or even less lengths to the channel dimension.
In these two flows, clear-phase identification can be obtained
as evidenced by the clear-cut phase signals in Figure 4.
These signals are roughly square wave signals, and after a
0—1 bivalued processing, the signals are used to evaluate as
follows the values of bubble parameters including gas
holdup, bubble velocity, bubble frequency, and bubble
length.

The local gas holdup obtained by each probe Tip XY is
defined as

Time spent by the probe’s tip in bubbles

&G XY = -
Total measurement time

T
=7 (X=1,23.4Y=1,234) (1)
The gas holdup of a channel represents the average value

of four local gas holdups at different axial positions in chan-
nel X.

L&
<SG,Y>XZZZHG.XY (X=1,2,3,4). 2
¥=1

The gas holdup of the overall monolith is the average
value of the four selected channel holdups at different radial
positions.
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&G = ZZ <EGy>X 3)

X=1

The local bubble frequency obtained by each probe Tip
XY is defined as

Total bubble number hitting the probe’s tip

foxr= -
TOtal measurement time

N
=7 (X=1.2347=1.2.3.4) @

The local bubble velocity is calculated from the known
axial distance between two adjacent probes, say 10 mm for
Y=1, 2 and Y = 3, 4. Single bubble velocity was calculated
from the lag time between the two signals, Az; and the dis-
tance between the two probes, L = 10 mm, expressed by
Vi = L/At;; see Figure 5.

The average bubble velocity is the average of the local
bubble velocities

gL
Vb‘yxy—]vb;Vb,-(X—l,Z,SA, Y=1,23,4) (5)

By multiplying the obtained bubble velocity Vj xy by the
time spent by the probe’s tip in each bubble Ty;, the single
bubble length, L,; =V}, xy*T}; can be estimated.

The average of single bubble length is the average of the
local bubble lengths

1
Lb7xy—]7b;Lbl~(X—l72,3,4, Y=1,23,4) (6)

The calculation of the average of these parameters (bubble
frequency, bubble velocity, and bubble length) in a channel
and in the bed follows Egs. (2) and (3), respectively.

Results and Discussion

As mentioned earlier, the optical fiber probes has been used
for the first time inside the channels of monolithic bed to
investigate and quantify key hydrodynamic parameters such
as bubble and liquid slugs velocities, gas holdup, bubble and
liquid slugs lengths, bubble frequency, and so forth, which are
needed for integrating kinetics and hydrodynamic in perform-
ance prediction of reactor scale model,** and for validating
CFD. In this section, the obtained results are discussed.

Gas holdup

Figure 6 shows the gas holdup of the center channel and
gas holdup of the overall monolith as a function of gas veloc-
ity at two liquid velocities. Both the channel and the overall
gas holdups increase with an increase in gas superficial veloc-
ity, Ug and a decrease of liquid superficial velocity, Uy. Fig-
ures 7a and b show the radial distribution of the channel gas
holdup with varied gas and liquid superficial velocities. In all
cases, the distribution shows a parabolic like profile with the
lower end near the wall. This suggests that a great amount of
liquid stays in the near wall region and accordingly reduces
the amount of gas entering the channels close to the monolith
walls. It was visually observed that a thick gas-liquid layer
was formed just on top of the bed with more liquid being
spread to the column wall region. This maldistribution of gas
and liquid is due to the type of liquid distributor (nozzle) used
in this study and the range of the gas and liquid velocities
used. It also indicates at such range of gas and liquid
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velocities along with the type of distributor used, uniform dis-
tribution across the core section of the bed was not obtained.
Such condition necessitates the measurements of gas and lig-
uid velocities and holdups in the channels to properly integrat-
ing kinetics and hydrodynamics for proper performance
prediction of monolithic beds.

Bubble frequency

Figure 8 shows the bubble frequency of the center channel
and the overall monolith bed. For both the bubble frequency
increases with the increase of both gas and liquid superficial
velocities. Figure 9 displays the radial distribution of the
channel bubble frequency with varied gas and liquid superfi-
cial velocities. In all cases, the distribution shows a
U-shaped profile along the radial direction. The competitive
entrance of the gas and continuous liquid into the channels
is a complicated phenomenon depending on the liquid dis-
tributor type and the local flow structure in the compartment
above the monolithic bed. The bubble frequency measures
the probability for bubble to enter a channel. Therefore, the
U-shaped distribution of frequency implies that the layer of
liquid and gas formed on the top of the bed by the nozzle
distributor is nonuniform across the entrance section.

Bubble velocity

Figure 10 shows the bubble velocity for both the center
channel and the overall monolith bed. The average bubble
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velocity of both the channel and the overall monolith bed
increases with the increase of gas and liquid superficial
velocities. Figure 11 displays the radial distribution of chan-
nel bubble velocity with varied gas and liquid superficial
velocities. It is seen that in the wall region, bubble velocity
is small because the relatively stagnant liquid phase caused
by the wall and the distributor effects decrease the bubble
velocity. Also the bubble velocities in the channels between
the bed center and the wall are smaller than these at the cen-
ter channel. This also due to the effect of how the gas and
liquid are distributed at the top of the bed due to the effect
of liquid distributor and the formation of nonuniform layer
of liquid and gas at the top of the bed as mentioned earlier.

Bubble length

Figure 12 shows the bubble length of both the center
channel and the overall monolith bed. The bubble lengths of
both the channel and the overall monolith bed increase with
an increase of gas superficial velocity and a decrease of lig-
uid superficial velocity. Figure 13 displays the radial distri-
bution of channel bubble length with varied gas and liquid
superficial velocities. It is seen that the bubble length
decreases toward the wall region. Figure 14 shows the proba-
bility distribution of bubble length in the center channel. In
all cases, the distribution shows an inverse V-shaped profile,
with the peak values corresponding to bubble lengths of
about 2.0-3.0 cm. The probability distributions become
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wider and the maximum probability bubble length gradually
increases with the increase of gas superficial velocity at each
liquid superficial velocity. The width of the probability dis-
tributions of bubble length become narrow when liquid
superficial velocity increases and the maximum probability
of bubble length gets higher with increasing the liquid super-
ficial velocity.

Implications of the present results

The possibility of scale-up of gas-liquid flows from a sin-
gle capillary channel to a monolith bed is an important issue
for the industrial application of monolith reactors. From the
discussion in the previous section, we see that the gas-liquid
flows in different channels of the monolith bed are essen-
tially not identical. To quantify the degree of such nonuni-
formity and evaluate the consequence of this to the scale-up
of monolith reactors, the bubble parameters of the center
channel are compared with the ones of overall monolith bed
as shown in Figure 15. It is seen that for gas holdup (Figure
15a), bubble frequency (Figure 15b), bubble velocity (Figure
15c), and bubble length (Figure 15d), the deviations are
within —5%, *=10%, —30%, and —30%, respectively. This
suggests that the flow in a single channel can not be directly
translated to that on a monolithic bed scale at the studied
conditions particularly with the type and operation conditions
of the distributor used. These findings are due to the type of
distributor used, the range of the gas and liquid flow rates
used and the formed flow structure at the top of the bed. The
finding is consistent with the previous finding reported by
Roy,24 where he concluded that for a distributor type, there
is a range of gas and liquid flow rates where good distribu-
tion of gas and liquid would be obtained. Therefore, the
reported data and the needed measurement techniques are
necessary to integrate the monolith bed hydrodynamics and
kinetics in a reactor scale model to properly predict the mon-
olithic bed performance.

Concluding Remarks

The optical fiber probe has been for the first time applied
to investigate the bubble dynamics and gas-phase distribution
at high gas/liquid ratios in a cold flow model of monolith
bed of a 0.048 m diameter and 400 cpsi. Local bubble
parameters including gas holdup, bubble frequency, bubble
velocity, and bubble length in individual channels were
measured using 16 inserted single-point optical fiber probes
mounted inside the bed. It is demonstrated that the optical
fiber probe method is efficient and convenient for measuring
local bubble dynamics parameters inside channels of the
monolith beds. Within the range of high gas/liquid ratios
under which experiments were conducted, churn flow regime
occurred. In this regime, the radial distribution of gas
holdup, bubble frequency, bubble velocity, and bubble length
is nonuniform in nature. The radial profiles of gas holdup
and bubble frequency present parabolic look and U-shape,
respectively. The radial profiles of bubble velocity and bub-
ble length both descend from center to wall region. At both
the channel and the whole bed scales, bubble velocity and
bubble frequency increase with the increase of both gas and
liquid superficial velocities, however, gas holdup and bubble
length increase with an increase in gas superficial velocity
and a decrease of liquid superficial velocity. Furthermore,
the probability distribution of bubble length in the center
channel shows an inverse V-shaped profile, with the peak
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values corresponding to bubble lengths of about 2.0-3.0 cm.
The probability distributions become wider and the maxi-
mum probability bubble length gradually increases with the
increase of gas superficial velocity at each liquid superficial
velocity. The width of the probability distributions of bubble
length become narrow when liquid superficial velocity
increases and the maximum probability of bubble length gets
higher with increasing the liquid superficial velocity.
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